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Abstract 
A novel one-dimensional two-fluid model for Sorption-Enhanced Steam Methane Reforming operating in a 
Circulating Fluidized Bed Reactor is introduced. Constitutive relationships as well as reaction kinetics are taken from 
the literature. The model is compared with experimental data and correlated to a similar model from the literature. 
Finally, there is an assessment on heat integration and solid flux sensitivity. 
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1. Introduction 
Interest in high conversion reforming processes that reduce greenhouse gas emissions has surged in 
latter years. Thus Sorption-Enhanced Steam Methane Reforming (SE-SMR) stands as a promising 
process since it features both CO2 capture and high purity H2 production, making it attractive for both 
energy production and feedstock supply. Since CO2 capture requires regeneration, a Circulating Fluidized 
Bed Reactor (CFBR) profiles itself as a more appropriate design than its fixed bed counterpart. 
From an industrial perspective, it is desired to predict process parameters such as operation 
temperatures, solid fluxes and hydrogen yields with as much accuracy as possible. Reliable process 
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parameter estimations must be enabled before the novel model can be applied for process evaluation 
studies investigating whether this technology can be operated in an economically profitable way or not.  
However, accurate parameter predictions are difficult given the complexity of the process and the high 
degree of coupling between hydrodynamics, heat transfer and chemistry at both a microscopic and a 
macroscopic level. 
 
Nomenclature 
 
Latin letters 
as   [1/m]    particle surface area to volume 
Cpk   [J/kg K]   heat capacity at constant p 
dp  [m]    particle diameter 
d; d0   [m]    inner, outer reactor diameter 
Dk;i   [m2/s]    mass diffusion coefficient 
fk  [-]    wall friction coefficient 
G  [N/m2]    solids stress modulus 
h; hwall  [W/m2 K]   heat transfer coefficient. 
ks   [mol/m2 s kPa]  (n=0)  sorption rate constant 
  [mol/m2 s]        (n=1) 
Mi   [kg/mol]   molecular weight 
N   [-]    carbonation/decarbonation cycles 
p   [Pa]    gas pressure 
rd   [kgCO2 /kgCaO s]  CO2 desorption reaction rate 
rj   [kmol/m3 s]   reaction rate 
rs   [mol/kgCaO s]   CO2 sorption reaction rate 
R   [J/mol K]   universal gas constant 
S; S0   [m2/kgCaO]   sorbent specific surface area 
Ssp   [m2/kg]    surface area of carbonated sample 
Tk   [K]    temperature 
T’p   [K]    temperature incoming solids 
Twall   [K]    temperature at reactor wall 
vk   [m/s]    velocity 
X; Xmax  [-]    sorbent conversion 
yi   [-]    mole fraction 
 
Greek letters 
αk   [-]    volume fraction 
β   [kg/m3 s]   interfacial friction coefficient 
Γp   [kg/m3 s]   mass source due to coupling 
ε   [-]    sorbent porosity 
η   [-]    efficiency / purity 
λk   [W/m2K]   thermal conductivity 
μk ; μeff k  [kg/m s]   viscosity 
νi   [-]   diffusion volume parameter 
νj;i   [-]    stoichiometric coefficient 
ρk   [kg/m3]    density 
ρapp   [kg/m3]    apparent sorbent density 
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ωk;i   [-]    mass fraction 
ω’p;i   [-]     mass fraction incoming solids 
 
Subscripts / Superscripts 
cat      catalyst 
i; i’      species 
j      reaction 
k      phase 
m      molecular 
g      gas 
p      solid 
pck      packets 
ref      reformer 
reg      regenerator 
stat      static 
t      turbulent 
2. Model description 
The cold flow model features an Eulerian continuum two-fluid model with the Constant Particle 
Viscosity closure for the solid phase stresses, while an algebraic turbulence model is used for the gas 
phase. The governing equations are shown in Table 1.   
Property balances that feature heavy multiphase coupling, i.e. momentum and energy, are solved with 
use of the partial elimination algorithm as described in Jakobsen [1], combined with a coupled solver. The 
interfacial transfer coefficients along with most constitutive relationships are shown in Table 2.  
The SMR reactions are taken from the work of Xu and Froment [2], while the sorption kinetics are 
from Sun et al. [3] and the desorption kinetics from the work of Okunev et al. [4], all of which are in 
Table 3. The efficiency factor ηsmr was set equal to 1 considering the small diameter of particles employed 
in this work.  
The CFBR is simulated via source terms in the governing equations, as shown in Table 1. The source 
terms are different from zero only on a few cells along the axial direction, typically 3 to 5, representing 
the piping between bubbling beds. If the operation of any units were in the fast fluidization or pneumatic 
transport regimes, the carryover of particles from one unit to another is implemented via the boundary 
conditions at the inlet of each of the units. Gas-solid separation is assumed to happen in a cyclone with 
efficiency 1 and no pressure drop. 
The mass lost or gained for each phase is accounted for in the sources of the mass balance equations, 
for example in the gas phase the mass lost due to CO2 capture or gained via decarbonation of solid 
particles. For the solid phase, the mass sources due to solids coming from the other unit are modeled via 
the source term in the mass balance, but the mass lost or gained via carbonation/decarbonation is 
accounted for via the solid density update. In this way, the continuity equation for solids provides new 
values for void fraction, and the sorption/desorption reactions influence the density of the material but not 
its volume, as should be the case with porous materials. Furthermore, solid density updates are computed 
requiring in each unit that the number of moles of Ca is constant at all times. This is consistent with the 
specification of the mass fluxes between units. Once the mass flux from one unit to the other is 
determined, the mass flux in the other direction is automatically specified via the conservation of Ca 
moles on each unit. 
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When running the program code, an artificial start-up period of the simulations considering only cold-
flow calculations was required for numerical stability reasons, bringing the system from the initial 
minimum fluidization state to the specified operating conditions. Thereafter, the chemical process, heat 
transfer and coupling between units are switched on and gradually increased to the specified operating 
conditions over a time span of a few seconds. This procedure, consisting in adding small quantities of 
species to the inlet composition, proved to stabilize the program performance with respect to numerical 
stability. 
 
Table 1. Governing Equations 
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Mass balance for solid phase [1] 
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Momentum balance for solid phase [1,5] 
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Energy balance for solid phase [1] 
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Species mass balance for species i in solid phase [1] 
    ,, , ,
, ,
p i
p p p i p p p p i p p p i
j i i j pp i
j
v D
t z z z
M r

       
  
   
   
    
  
 
 
3. Results and discussion 
3.1. Validation against experimental data 
Arstad et al. [10] have conducted SE-SMR experiments in a lab-scale reactor, measuring during 8 
hours of continuous operation. The sorbent material chosen was calcined natural dolomite. They studied 
the dependence of the system upon the volumetric sorbent-to-catalyst ratio λSC carrying out two 
experiments, one with λSC=1/4 and another one with λSC=1. The case with λSC=1 exhibited higher, 
smooth-over-time hydrogen yields and is reproduced in this work.  
Arstad et al. diverted the flow from regenerator to reformer and collected the solids into a measuring 
vial, finding the solid flow between units to be between 5 to 15 mL/min. However, using a balance of 
moles for carbon and a thermogravimetric analyzer connected to a mass spectrometer, they calculated the 
solid mass flux to be as low as 3.6 mL/min. The inventory of solids in the whole reactor is stated equal to 
0.144 kg. Therefore in this work simulations with mass fluxes of 5 and 15 mL/min are conducted for the 
sake of comparison. 
Arstad et al. found for the case with λSC=1 a hydrogen mole fraction of (97 ± 3)% (after disregarding 
steam and nitrogen, the latter acting as fluidizing gas), with most values falling within (97 ± 1)%. 
Simulation results for hydrogen mole fraction at the reformer outlet, defined consistently as yH2dry := 
yH2/(1-yH2O-yN2), as well as flow rates for CO and CO2 and carbonate mass fraction wCaCO3 are shown in 
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Figure 1 as a function of time. The first ~12 s of simulation are cold-flow only, going from minimum 
fluidization to operating conditions, and are not shown in the figures. 
Table 2. Constitutive relationships 
Interfacial momentum transfer coefficient [5] 
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Fig. 1. Simulation results reproducing experiments by Arstad et al. [10]. The case with dots corresponds to a solid mass flux to the 
reformer of 5 mL/min, while the case with circles 15 mL/min. yH2dry has a few points off scale corresponding to the first seconds, for 
the sake of clarity. 
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It can be seen that after one minute, yH2dry reaches ~98% for both cases simulated, which falls within 
the interval where the experimental measurements do. Outlet concentrations of CO and CO2 from 
experiments are in the range of (2.5 ± 2.5) mL/min for CO and (4 ± 1) mL/min for CO2, which compares 
well with the simulation results of Figure 1. Slightly higher H2 yields together with smaller amounts of 
CO and CO2 in the outlet stream may indicate an overestimation of the sorption rate in the simulations by 
using the kinetic model of Table 3.  
Table 3. Kinetic model for SE-SMR 
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The mass fractions of carbonate increases almost linearly at a rate of ~0.3% / min. This seems to be 
large when compared with wCaCO3=0.017 after two hours of operation reported in the experiments.  
Such sorption rates would be consistent with the fact that fresh sorbent was employed in the beginning 
of the simulations. Assuming a solid density of ~1500 kg/m3, an average particle would have been cycled 
at least 18 times and up to 75 times at the end of operation depending on the solid flow rate, which in any 
case would have less than 20% sorption capacity according to the work by Abanades [9].  
In any case partial carbonation instead of full carbonation may result in a higher sorbent capacity for a 
larger number of cycles. Simulating hours of reactor operation would be prohibitive, but the sorption rate 
is expected to become smaller as the reactor operates and the maximum capacity of the sorbent decreases.  
 
3.2. Solid flux sensitivity, heat integration and steady state considerations 
Johnsen et al. [11] carried out simulations of SE-SMR in a dual bubbling bed reactor using calcined 
dolomite as sorbent for CO2 capture. 
Johnsen et al. utilize SMR kinetics from Sun et al. [3], and a series of assumptions including steady 
state operation, complete decarbonation in the regenerator, reaction rates unaffected by 
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carbonation/decarbonation cycling, and regenerator temperature calculated from the equilibrium pressure 
of CO2. 
The hydrodynamic model is simpler, assuming a two phase system with plug flow for the bubble phase 
and stagnant solids; yet it accounts for a bubble phase that is represented simply by αg in the present 
work. The importance of bubbles in this work is yet to be assessed. 
Johnsen et al. simulated two cases with no addition of fresh sorbent during operation, which are 
replicated in this work and the parameters employed are summarized in Table 4. The steam entering the 
regenerator is at 600ºC, due to material and corrosion considerations, while the regenerator feed is at 
250ºC. Both simulations have a reactor diameter of 1m, a particle diameter of 250 μm, an inlet gas 
velocity of 0.1 m/s, a steam-to-carbon ratio of 4 and a volumetric sorbent-to-solids ratio of 0.9. Results 
from the simulations are shown in Figure 4.  
From Figures 2 and 3 it can be seen that the case with smaller solids circulation rate has lower 
reformer temperature and higher H2 yield. From Table 4 and Figure 4, it can be said that the yH2dry 
fractions are in agreement with the values reported in Johnsen et al. [11]. Since the initial conditions for 
the simulations were the equilibrium values reported in the literature, the fact that the variables change 
little after 3 minutes of simulation highlights that the two models predict similar results. However, it is of 
interest noticing that the average temperatures in the regenerator for both cases studied drop steadily, 
which may be a sign that there is not enough transfer of heat through the regenerator wall to drive the 
whole process.  
The breakup of energy consumption in the system in the case with lower solids circulation and for a 
Twallreg of 1100ºC is as follows: 38.12% on chemical reactions and the rest on heating the feed gases. If the 
pre-heating of the feeds is neglected, the chemical reactions account for 55.56% of the energy. Within 
chemical reactions, the regenerator employs 88.8% of the energy and the reformer the rest. 
 
 
 
Fig 2. Axial profiles for reformer, 3.2 minutes after enabling chemistry. The case with dots has a solid mass flux of 5.1 kgCaO/min to 
the reformer, while the case with circles has 8.4 kgCaO/min. 
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After 3 minutes of simulation, for the case with 5.1 kgCaO/min it is found that the system spends 135.2 
kW, with a deficit of energy of 31.9 kW. If that energy were to be provided via heating of the regenerator 
wall, the temperature of the wall should be at least 1188ºC, which few materials could withstand.  
It is noted that providing the regenerator with enough heat may be a challenge, specially in large units 
where the perimeter-to-cross-section ratio is unfavoured. Heating the reformer could be an option to 
reduce the heat requirements in the regenerator, but depending on the sorbent capacity and the solid 
circulation rate, an increase in the temperature of the reformer may lead to a decrease in CO2 capture and 
H2 conversion.  
 
 
 
Fig. 3. Axial profiles for regenerator, 3.2 minutes after enabling chemistry. The case with dots has a solid mass flux of 5.1 kgCaO/min 
to the reformer, while the case with circles has 8.4 kgCaO/min. 
 
The simulations from Table 4 would complete a carbonation/decarbonation cycle after 2.13 h and 1.19 
h for the cases with 5.1 kgCaO/min and 8.4 kgCaO/min respectively, which means that in less that 2 days of 
operation the sorbent capacity would reach the minimum values for any of the cases. This reflects that the 
addition of fresh sorbent is necessary for continuous operation if low solid fluxes are preferred over large. 
 
Table 4. Parameters used by Johnsen et al. used in SE-SMR simulations 
kgCaO/min T reformer [ºC] T regenerator [ºC] X [-] regenerator yH2dry 
5.1 619 874 0.22 0.98 
8.4 665 869 0.12 0.955 
 
4. Conclusion 
A successful two-fluid model for SE-SMR on a CFBR is presented. Simulation results are found to be 
in good agreement with experiment results from the literature. Agreement was also found with 
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simulations from a simpler model of Johnsen et al. who assume stagnant solids on each unit. To 
reproduce the isothermal (constant) temperature in the reactors as specified by Johnsen's model, a higher 
regenerator wall temperature is required. But this approach may be severe due to material restrictions, so 
the isothermal condition is questionable. Moreover, for long term operation, deactivation of the sorbent 
and exchange of mass for the loss of fines in the cyclone, as well for studies of possible break through a 
dynamic model is required. On the other hand, for the present cases the solid flux is rather low so the 
short term dynamic effect is not very large.  Transient simulations might be helpful in order to investigate 
the energy imbalances and the sorbent deactivation. 
 
 
 
 
Figure 4: Simulation results for subsection 3.2. The upper figures are for 5.1 kgCaO/min while the lower ones are 8.4 kgCaO/min. 
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